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ABSTRACT

A model is proposed to describe the copper solvent extraction process from leached
solutions contarninated with iron. The model is calibrated using laboratory and pilot plant
data and used to simulate the operation of a Canadian solvent extraction pilot plant. The
simulator provides a platform to study the behavior of iron in the circuit. lnitial results
show that the circuit is insensitive to the iron concentration but stress the need to
incorporate a copper electrowinning simulator to analyze the effect of iron on this part of
the process.
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1: INTRODUCTION
Solvent extraction (SX) has become in the last two decades a key process for the
recovery of copper from solution obtained by leaching low grade copper ore. lndeed,
severa! operations have been put on stream in North and South Americas in the last
decade (Arbiter 1994). ln Canada, Gibraltar mine (Scott, 1991) operates a SX plant
followed by electrowinning (EW) to produce copper cathode from leached low grade ore
dumps. Since 1996 Mines Gaspé operates a pilot plant to test the econornical feasibility
of leaching an oxidized copper ore, consisting mainly of malachite, followed by solvent
extraction and electrowinning of copper. From the beginning of the testwork, the presence
of high concentration of iron in the leached solution was believed to be a potential source
of problem during the SX and EW stages.
The purpose of this paper is to study by simulation the circulation of iron in a SX
circuit consisting of two adsorption, one elution and one washing stages. Severa! models
of the solvent extraction process have been reviewed and one was chosen and integrated
in the plant simulator (Aminian 1997). However few process simulators analyze
simultaneously the behavior of severa! elements during the adsorption process.
Starting from general mass conservation equations a steady-state model is proposed
with a model for the mass transfer from aqueous to organic phases and chemical reaction
of copper and iron ions. The model is calibrated using laboratory experiments and results
of conducted sampling campaigns in pilot plant. Simulation runs illustrate the potential of
the method but also stress the need to introduce a model for the electrowininng process.

II: PROCESS MODEL
The model describes the operation of a mixer-settler that is mostly used in copper SX
plants. The proposed model is only concemed with the mixer unit, as observations in the
pilot plant to be modeled clearly demonstrated that the settler provides sufficient residence
time to allow a complete separation of the aqueous and organic phases. Observations also
confirm that transfer of ions between the aqueous and organic phases in the settler is
negligible. Future experimental and modeling work will however account for the
operation of the settler in order to properly represent the dynamics of the process.
The presentation of the mixer model is divided into three sections . The macroscopic
operation is firstly described using conventional mass balance equations, followed by a
presentation of the model for the mechanisms of mass transfer between the phases and of
the chemical reaction involved during the transfer. The procedure for simulation is
described in the third section.
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11.1: Macroscopic model

The adsorption process is due to the ionic transfer between the aqueous (a) and organic
(o) phases described by :
(1)

where M; stands for the ith adsorbed species, n; the ionic valence and HR the extractant
molecule. For instance the copper adsorption reaction is given by:
(Cu"'), +2(HR). H(CuR,).

+2(W).

(2)

while ferric iron (Fe+ 3) is extracted according to:
(Fe"'). +3(HR).

H

(FeR,).

+3(W),

(3)

The model for the extraction process should therefore account for the conservation of each
species involved in the reaction. For that purpose the species are divided into adsorbed
species and exchangers. The extractant (HR) and hydrogen being the exchangers in the
process.

Assuming steady state operation of the mixer, the mass conservation for the aqueous
and organic phases is given by:

where Q stands for a volumetric flow rate at the feed (Q;") and discharge (Q0 " 1) of the
mixer. Since the transfer of ions has little impact on the phase densities, one can assume
that:
Q.io

=Q. '"'' =Q.

Q.i• = Q.'"" = Q.

The adsorbed species mass conservation is given by
Q.x." - Q.x, ... - Af. =O

i=1 toN

(4)

Q,y," - Q,y, ... + Af. =O

i=1 to N

(5)
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where x; is the species i concentration (molen of aqueous solution) in the aqueous phase,
y; the species i concentration in the organic phase ( molen of organic), f; is the rate of
transfer of species i from the aqueous to the organic phase expressed as mole /min-cm2 .
The total interfacial surface (A) between the aqueous and organic phases is given by:
A= 6Vo

dB
where V0 is the volume of organic phase in the mixer and d8 the mean diameter of
spherical organic bubbles. Assurning perfect rnixing in the rnixer (an hypothesis that has
been verified for the studied SX plant) the volume of organic phase in the rnixer is given
by:

v. =v.

Q..
Q, +Q,

where Vm is the volume of the rnixer.
The mean bubble diameter, d8 , is estimated using the relationship(Godfrey et ai. 1989):
d 8 =0.084 xDx(l +0.98h ~ 85 )(JJd +JJ,) 044

w-06

where. D the impeller diameter(cm), hd and J.ld the hold up and the viscosity of the
dispersed phase(cP), J.lc the viscosity of the continuous phase(cP), and W the Weber
number given by:
W = ( N,.J'( D)' P ...
C1

Where Nag is the impeller velocity(rpm),
and O' is the interfacial tension(Pa.s).

Pdir

is the density of the dispersed phase(g/cm3 ),

The mass conservation equations for H and RH are given by:

+Ai:,n.f.=O
Q,x .. "-Q,x .. --Afn.f. =0
,.,

Q.x.· -Q,x ...
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(6)

(7)

11.2: Modeling of the adsorption mechanism

The adsorption process is divided into a chemical reaction and a mass transfer process.
Figure I shows a schematic view of the adsorption process. The aqueous species(Mi) have
to diffuse from the aqueous phase to the organic/aqueous interface where they react with
the extractant that has diffused from the bulk organic phase to the interface. The produced
hydrogen proton diffuses back to the aqueous phase and the extracted species diffuse from
the interface to the bulk organic.
lnlerlace

(HR)

Aqueous phase

Organic phase

(H')

Figure 1: Adsorption process

After an initial transition period the transfer rate of the species from the aqueous phase is
balanced with the rate of species consumption by the chemical reaction. If the diffusion
process is slow then the species activities at the interface will be close to those of the
therrnodynamic equilibrium conditions of the adsorption reaction. On the other hand if the
chemical reaction is slow the species activities at the interface will be close to that of the
bulk solution. ln practice both mechanisms control the process and the interfacial species
activities lie between the species activities at therrnodynamic equilibrium and the species
activities in the organic and aqueous phases.
The transfer rates of the species( adsorbed species and hydrogen) from or to the bulk
aqueous phase are given by:
r,'

=m."(x,-x:"')
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r;=m~(x~~-x:;)

while the transfer rates in the organic phase are given by
r," =m;(y, -y,"')
r;=m;N(y.-y;:')

where m stands for a mass transfer coefficients and

inl

for interface(see Fig. 1).

As the species reach the organic/aqueous interface they react according to equation 1. The
rates of forward(kr.) reaction for lhe species is given by(Cox et ai 1983):

(x.•)"x(yw)'

IJI ' =k fi

(8)

Hll:

1

(x;;' )'

where m, n and p are the partia! reaction orders. The relationship between equilibrium
constant and rates of reaction is gi ven by (Denbigh, 1966)

(K,)'

= k,; =[.v;'" x{x;~ t
k,;

'

YRH

J

Assuming z= 1, the overall rate of reaction may be derived as:
t?
1

=k .
"

[

K

X

)"
(x'"'' )m x(v'"'
. RH

1

(9)

]'
x'"' x{ '"' Y"

(xin~)''
11

{x'"'
)n;-r(y,·'"')
H

-('m)"i-n('"')l-m
YRH,
X;

l

where K; is the equilibrium constant for reaction l . When the species concentrations at
the interface are equa1 to those of thermodynamic equilibrium conditions the rate of
reaction becomes zero.
Since at steady state conditions the rate of reaction is equal to the rate of diffusion, one
can write:

!. = ru::: r.o =v
I

I

I

I

and:
jRH

= fu = Í,n;r, = :ÚZ;V ,
i =l

where fi is the overall transfer rate of species i from one phase to the other phase.
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II.3: Procedure for simulation
Table 1 gives a list of the parameters required for simulation. For convenience the
parameters are divided into three categories: the design variables, the feed data and the
model coefficients. The design variables include the plant flowsheet and the equipment
size and operating conditions. The feed data consists of the aqueous and organic fresh
feed flow rate and composition of the spent electrolyte that feeds the stripping unit. This is
required because the electrowinning process model is not yet included in the plant
simulator. The model coefficients consist of the mass transfer coefficients, the equilibrium
constants and the reaction rate constant(k.-) . These parameters are calibrated for each
adsorbed species using the procedure described in the next section.
The simulation of a rnixer -settler unit requires to estimate lhe bulk solution
composition by solving simultaneously the mass balance equations and the adsorption
equations( 4 to 7). The problem is non linear and an iterative search is used to find the
solution. The detailed procedure for the simulation is given by Arninian(1997). When the
rnixer-settler is part of a circuit and its organic feed is regenerated by a stripping mixersettler unit, the iteration process has to be conducted for each unit and results of each
simulation are used to estimate a new fresh organic composition that is reinjected into the
circuit feed data compositions until convergence is obtained for the plant.

Table 1: List of input variables for the simulation

Fnd data

Qasjgn yariablp•

Organic phase

Volume
lmpeller diameter
lmpeller speed

Flow rate
Composition( Copper, lron, Extractant)
Viscosity
Density
lnterfacial tension

Settler
Agueçus phase
Volume
Flow rate
Composition( Copper, lron, pH)
Density
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Model soeUjcjcnts

Partials order of reaction
Equilibrium constant: for copper
and iron
Mass transler coefficients for the
species
Back reaction constants for
copper and iron

III: CALIBRATION OF THE MODEL
The model coefficients to be calibrated are the equilibrium constants, the mass transfer
coefficients and the backward rate of reaction for the adsorbed species. Laboratory tests
are used to estimate the equilibrium constants and data collected using the normal
operation of the pilot plant are used to estimate the other parameters.

111.1: Estimation of the equilibrium constants
The extraction experiments were carried out in a separatory funnel with an organic
phase consisting of Lix984N from Henkel diluted in Orfom SX-1 from Phillips. The Lix
984N active components are 5-nonylsalicylaldoxime and 2-hydroxy-5-nonylacetophenone oxime and its density at 25 °C is 910 kg/m 3 . Severa! experiments were
carried out to estimate the equilibrium constants of the extraction reactions of copper and
iron and to verify the influence of iron on the copper extraction. The equilibrium constants
for copper and iron are estimated by rearranging the equilibrium constant equations as:
Log(Dc.) = Log( Kc.J+2( Log(HR)+ pH)
Log( D,,)

=Log( K ,, ) + 3( Log( HR) + pH)

Where Kc. and KF, are the equilibrium constants for copper and iron, De. and DF, the
distribution coefficients given by
De.

JCuR,)
[Cu'')

D = [FeR,)
'' [Fe'')
Figures 2 shows the variation of the Log(Distribution coefficient for copper and iron) as a
function of Log(RH+pH) for various compositions of the aqueous and organic phases.
Results show that iron does not affect significantly the equilibrium constant of copper.
The regression slopes obtained for copper and iron are 2(Figures 2 a, b,d) and 3 (Figures
2 c,e) respectively and are consistent with reactions 2 and 3. The equilibrium constants
obtained by regression for copper and iron are !Ou and 10" 35 respectively. Results show
that Cu(ll) is extracted preferably to Fe(III) and that iron does not influence significantly
the equilibrium constant for copper extraction by Lix984N.
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III.2: Estimation of the rate parameters
The model calibration requires to estimate the rate constants(k.-) and mass transfer
coefficients(m) for each adsorbed species and exchangers. For the considered copper+iron
system this leads to an 8 parameters estimation problem. The partia! orders of reactions
are supposed to be one(m=n=p= I ).ln order to reduce the number of unknown parameters,
the relationships obtained by Fleming et al.(l978) and Rod et al. (1981) for mass transfer
coefficients for copper are used; i.e.
(8)

These parameters are estimated using the results of two sampling campaigns carried out
on the studied solvent extraction pilot plant. Samples are taken from the inlet and the
outlet streams of one extraction mixer-settler. The measured parameters are the phases
flow rates and compositions. Table 2 gives the results of one sampling campaign.

Table 2: lnlet and outlet of the mbcer
Pttjgn ye[jablo
Mixer
3
Volume: 2.8 m
lmpeller diameter: 0.6 m
lmpeller speed: 125 rpm
Settler
3
Volume: 7m

Wlll

Oraanic phase
3
Flow rate: 6.84 m /h
Copper : 1.48 g/1
lron: 0.04 g/1
Viscosity: 0.000107 cP
3
Density: 0.83 g/Cm
lnterfacial tension: 0.013 Pa.s
Aaueous phase
Flow rate: 6.04 m 3/l
Copper: 1.96 g/1
lron: 8.54 g/1
pH: 1.78
3
Density= 1.1 g/cm

Oraanic phase
Flow rate : 6.84 m 3/h
Copper : 2.36 g/1
lron: 0.04 g/1
Aaueous phase
3
Flow rate: 6.04 m /l
Copper: 0.96 g/1
lron: 8.54 g/1
pH: 1.65

The unknown parameters were evaluated using an optimization routine operating on the
SX simulator, described in section 11.3, and with the data of Table 2(see Figure 3). The
estimated parameters are given in Table 3, and Table 4 compares the simulated results
with the observed ones. Results compare fairly well, although complementary sampling
carnpaigns are planned to improve the data base for the calibration. This extra data will
include measurements from the stripping unit as well as from the adsorption stage.
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for various composilions of lhe aqueous and organic phases.
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Figure 3: Optimization scheme for calculating the mass transfer and back reaction coefficients
Table 3: Model parameters obtained by optimization
Parameter

meu
ffiFo
ffiFoR3

kreu
krFe

Value(cm/s)

16.63x10' 3
5x10_.
2.9x10'3
1.42x10' 2
5x10_.

Table 4: Simulaled mixer-seHier discharge composilion vs experimental resulls
Solution

Experimental results

Aqueous solution
Organlc solution

Cu (g/1)
0.96
2.36

I Fe(g/1)
18.62
1o.04

Simulated data

Cu(g/1)
1.06
2.37

I Fe(g/1)
18.57
_10.007

Using the values of Table 3 one can calculate the species interfacial concentrations with
the mass transfer equations presented in section 11.2. These results are shown in Table 5.
The concentrations of lhe species in the bulk solution are identical lo those of the
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interfacial concentrations. This means that the extraction of copper with Lix984N in a
mixer-settler is controlled by the chemical reaction rather than by mass diffusion. This
conclusion is in agreement with the observation made by Fleming (1978) and by Hoh et
ai. ( 1989; page 112) for the considered process mode1 and conditions.
Table 5: Bulk solution concentrations vs. interfacial concentrations

l!=:n.,,-,i.,;:

R1 tlk

Cu.
Cuo

~nh1tinn

,,(1

fn/1 1

1.066
2.377
9.667
8.571

RH

Fe.

1 .064

2.375
9.677
8.569

111.3: Validation
The calibrated model is used to simulate the solvent extraction círcuit of Gaspé mines
shown in Figure 4. The input variables are listed in Table 6 and the results are given in
Table 7. The fresh organic flow rate (see Fig. 4) is set to zero for the simulation. The flow
rate and composition of the aqueous phase from the leached piles and for the spent
electrolyte are used as input variables for the simulation(Table 6). The estimated
equilibrium constants and rate parameters from laboratory tests and partia! samplíng of the
plant are used for the simulation. The model for the stripping mixer-settler unít uses the
sarne parameters as the one used for the extraction mixer-settler; only the feed
composition and flow rate of the aqueous and organic phases differ.

To ore pll••
8 t t o n v •IC I< O io" •

'"*•''"

••• cl <u*'"'"" <>ell •

~<;::::::::;:::::(.>

AQuoouo OO<u m

Figure 4: SX circuit of Gaspé mines(the washing stage is not shown in this figure)
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Table 6: Inputs to lhe simulator

Copper
lron

oH

Leached solution
1.96

8.54
1.78

Seent electrolyte
46.7
1.5
180 a11 H,so.

Table 7: Simulated resulls vs pilo! plant data
Stream

Pilo! plant data

Extraction 1 agueous
Extraction 1 organic
Extraction 2 aqueous(rafinate)
Extraction 2 organic
Strong electrolyte
Stripped organic

Cu (Q/1)
0.96
2.36
0.18
1.48
51.7
0.88

Simulated data
Fe(Q/Il
8.62
0.04
8 .66
0.04
1.44
0 .04

Cu(a/1)
0.82
2.16
0.12
1.13
51 .3
0.51

Fe(a/ll
8.52
0.01
8 .49
0.03
1.53
0.003

The simulation results are acceptable despite the assumptions made for the mass transfer
and rate of the chemical reaction and by the fact that stripping is simulated using a model
calibrated for the adsorption stage. The simulation predicts that iron will only be
marginally extracted in the organic and this result is confirmed by pilot plant and
laboratory experiments. However to complete the analysis it is necessary to introduce a
copper electrowinning model to the simulator and a model for ore leaching as the
raffinate that is recirculated to the leached piles may become saturated with iron leading to
a different behaviour of the process.

IV: CONCLUSION
A steady state model was developed and calibrated using experimental results. The
mass transfer coefficients and back reaction constants were calculated using an
optimization algorithm. For the proposed model and operating conditions resulls shcw
that the rate determining slep for copper extraction is the chemical reaction . The
simulation results compare well with the experimental data . The influence of iron on the
recovery of copper by Lix984N was also studied. The experimental results show that iron
does not influence significantly the extraction of copper by the extractant. However the
concentration of iron in lhe feed of the electrowinning circuit may cause losses of current
efficiency during the winning of lhe copper. Work is in progress lO develop and calibrate
an electrowinning model.
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